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with concentric tube — a hydrodynamic analysis
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Abstract: The inclined rotating fixed-bed reactor with inner tube is a promising
process intensification concept for gas-limited reactions. In order to take full
advantage of the reactor concept the installation of an inner concentric displacement
tube is proposed to support the wetting intermittency of the whole fixed-bed at
different liquid filling levels. The effects of operating conditions and design
parameters on flow stratification, liquid filling level and specific pressure drop are
analysed to identify the process window. In particular, the influence of superficial
phase velocities, inclination angle, rotational velocity, particle diameter and inner tube
diameter are studied. The liquid phase distribution is characterized with a
capacitance-based wire-mesh sensor, which is adapted to cope with organic liquid,
porous alumina catalyst packings and reactor rotation. Furthermore, the radial
porosity distribution in the annular fixed-beds is determined using gamma-ray

computed tomography.

Keywords: Inclined rotating fixed-bed, Process intensification, Capacitance wire-

mesh sensor, Multiphase reactor

1 Introduction

The performance of multiphase reactors is often limited by mass transfer processes
(Utikar and Ranade, 2017). Especially, trickle-bed reactors (TBR) are frequently used
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for reactions with fast kinetics, which are controlled by the gas transfer (Mills and
Duducovi¢’, 1980). Here, the liquid film on the solid catalysts acts as mass transfer
barrier (Boelhouwer et al., 2002a). Several reactor concepts and operation strategies

have been proposed to intensify the mass transfer (Nigam and Larachi, 2005).

Structured reactors with novel packings were suggested to intensify the gas-liquid-
solid contact. For example, Taylor flow in monolith reactors was found to feature low
pressure drop, high specific surface area and improved catalyst wetting (Haase et al.,
2016). For example, Nijhuis et al. (2001) obtained higher productivities for a-
methylstyrene and benzaldehyde hydrogenations in a pilot-scale monolith reactor
compared to a conventional trickle-bed reactor. Open-cell solid foams are another
promising replacement for conventional fixed-bed reactors with randomly packed
beds. Here, the solid material network provides high void space and specific surface
area, while the pressure drop is low (Edouard et al., 2008; Zalucky et al., 2017a). The
skeletal structure of the solid foams leads also to a higher thermal conductivity
enhancing the radial heat transfer (Wallenstein et al., 2014), which is especially
beneficial for exothermic reactions. Applying the limiting current technique, Zalucky et
al. (2017b) confirmed also higher liquid-solid mass transfer coefficients in solid

foams.

Recently, Gelhausen et al. (Gelhausen et al., 2017) proposed a siphon reactor to
increase gas-solid and gas-liquid mass transfer. Here, the catalyst is alternatingly
exposed to gas and liquid based on a customized self-sustaining liquid filling-draining
cycle in packing segments. Beyond the adjustable gas-solid or liquid-solid contact
time, stagnant liquid is effectively discharged at each cycle. Compared to a
conventional TBR, a twofold increase of the space-time yield (STY) was obtained for

the hydrogenation of 2-butyne-1,4-diol.

Periodic operation of TBRs was proposed as a process intensification method (Lange
et al., 1994; Castellari and Haure, 1995). Here, the liquid flow rate is cycled at the
reactor inlet to induce a temporal modulation of the liquid holdup along the fixed-bed
in order to decrease the liquid film thickness surrounding the catalyst. This way, the
access of gaseous educts to the catalysts at low local liquid holdups is facilitated.
Many lab-scale studies confirmed significantly increasing STY via flow modulation
(Banchero et al., 2004; Khadlikar et al., 1999). However, such induced liquid pulses
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rapidly decay along the fixed-bed (Boelhouwer et al., 2002b), which eliminates

beneficial conditions at lower reactor positions (Dietrich et al., 2005).

Thus, Harting et al. (2015) introduced the inclined rotating fixed-bed reactor (IRR)
concept, where the superposition of reactor inclination and rotation at moderate
rotational velocities shape a stratified flow. Such flow pattern yields a spatial
modulation of the liquid holdup along the whole fixed bed. The process intensification
potential was studied for a-methylstyrene hydrogenation and returned almost

doubled conversion rates compared to the conventional TBR.

However, a stratified flow, which ensures a binary wetting cycle of the whole catalyst
bed, i.e. ideal flow stratification with liquid filling level of exactly 50%, can hardly be
adjusted. To enlarge the beneficial process window towards lower liquid holdups and
to adjust the respective durations of the wetting and draining parts, Schubert (2018)

proposed an advanced IRR design with a concentric inner tube (Figure 1a).

Proces
window

A.(-)
Gy (mol m3)

t(s)

Figure 1: a) IRR concept with concentric inner tube and (b) minimum and maximum
liquid filling level AL, in the cross-section of the IRR indicating the beneficial process
window with (c) corresponding local liquid saturation £. and product concentration at
the catalyst surface Gp.

This advanced reactor design enables full utilization of the catalyst as long as the

liquid filling level Au is between lower and upper heights (ALmin < AL < Aumax) Of the
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inner tube (Figure 1b). Accordingly, inner tube diameter and reactor diameter are
crucial geometric parameters of this advanced reactor concept. A recent numerical
analysis for the a-methylstyrene hydrogenation based on a heterogeneous
continuum model revealed the potential of the advanced design (Timaeus et al.,
2019a). Compared to the previous concept of Harting et al. (2015), a further increase
of the STY was obtained at lower gas-liquid interface positions (Figure 1b, left). Here,
the catalyst particles experience the wetting intermittency with a longer period at
drained conditions, which intensifies the gas mass transfer to the catalysts even more

(Figure 1c, left).

The objective of this work is to identify the process windows for the stratified flow in
the IRR with concentric inner tube to fully utilize the potential of that reactor concept.
In particular, flow pattern, liquid filling level, and specific pressure drop are analysed
depending on superficial phase velocities, inclination angle, rotational velocity,
particle diameter and inner tube diameter. For the flow visualization, capacitance-
based wire-mesh sensors (WMSs) are applied to distinguish liquid (cumene) and gas
(nitrogen) in the fixed-bed (porous alumina particles) based on the relative

permittivities (Timaeus et al., 2019b).

2 Material and methods

2.1 Experimental setup

The experimental setup of the IRR (1) with concentric inner tube (2) is schematically
shown in Figure 2. Reactor and concentric inner tube of the IRR are made of three
stainless steel segments. The upper and lower segments have a length of 0.3 m,
while the middle segments have a length of 1.0 m. The inner reactor diameter Do is
0.1 m and the interchangeable inner tubes have outer diameters Dr of 0.03 m or
0.05 m. The resulting annular gaps of 25 mm or 35 mm, respectively, are filled with
porous alumina particles of 2.5 mm or 4.5 mm mean diameter. To prevent both
particle motion relative to the IRR rotation and particle abrasion, two grids installed at
reactor inlet and outlet immobilize the particle packing in between. Three
configurations of the IRR are installed, which are defined by concentric tube diameter

and particle diameter as summarized in Table 1.
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117 Table 1. Configurations of the IRR with inner tube and corresponding dimensions.

Configuration Tube diameter Particle diameter Gap-to-particle-
(mm) (mm) diameter ratio
A 50 4.5 5.5
B 50 2.5 10
C 30 4.5 7.8
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120 Figure 2: Inclined rotating fixed-bed reactor setup with capacitance wire-mesh
121 sensors (1 — reactor, 2 — inner tube, 3a,b — capacitance wire-mesh sensors with
122  autarkic sensor electronics, 4 — hollow shaft rotary actuator, 5 — absolute pressure
123 transducer, 6 — difference pressure transducer, 7 — gas-liquid separator, 8 — lobe

124  rotor pump, 9 — Coriolis liquid flow meter, 10 — gas mass flow controller).
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The reactor is installed in an inclinable rack and can be adjusted at arbitrary
inclination angles from horizontal to vertical orientation. The capacitance WMSs (3)
are flange-mounted between the reactor segments. A hollow shaft rotary actuator (4,
DG130R-ASAC, Oriental Motor) with a stepper motor is used to rotate the IRR. To
cope with the rotating reactor, wireless power supply and data acquisition are utilized.
Two power banks are mounted on the reactor to operate the WMSs as well as
absolute (5, PAA23SY, Omega) and differential (6, PD23, Omega) pressure
transducers. Moreover, a WLAN module is fixed at the IRR to connect the sensors to
a measurement computer for the data acquisition. The liquid mass flow is adjusted
via lobe rotor pump (8, MDL0230, Waukesha Cherry-Burrell) controlled by a Coriolis
liquid flow meter (9, Optimass 1300C, Krohne) and the gas flow rate is controlled via
mass flow controller (10, FMA-2611A, Omega). It should be noted that the superficial
velocities provided below refer to the cross-sectional area of the annuli available for
the flow. Gas (nitrogen) and liquid (cumene, purity of 99.9 %, Acros Organics) are co-
currently introduced at top of the IRR and a gas-liquid separator is installed
downstream the IRR (7). Here, gas is released to the in-house ventilation system and
liquid is recycled. The measurements were conducted at ambient pressure and room

temperature.

2.2 Capacitance wire-mesh sensors

Low-intrusive capacitance WMSs are used to visualize the flow and to determine the
liquid filling level AL in the IRR. Each WMS consists of 16 receiver and 16 transmitter
wires orthogonally arranged with a small axial offset of 2.5 mm. 176 out of the 256
wire crossing points are located within in the cross-section of the annulus. Their
spatial separation is 6.25 mm. The sensor data are read out with a temporal
resolution of 25 Hz, which is sufficient for the evolving quasi-stationary flows in the
IRR. Naturally, same liquid distributions are obtained at both sensor positions, thus,
only data of the lower WMS, i.e. 0.3 m upstream the reactor outlet, are processed
and discussed below. It should be noted that the second WMS could be used in the
future for transient tracer studies to reveal the liquid residence time and dispersion
behavior. Liquid absorbed in the pore network of the catalyst particles and static
liquid trapped between catalyst particles cannot be distinguished from the flowing

liquid by the WMS. Hence, the obtained local liquid fractions 4L are considered as so-
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called reduced liquid saturations, i.e. dynamic liquid fractions related to the interstitial
void space of the fixed-bed reduced by the static liquid. The allocation of involved

phases in the IRR to certain fractions is exemplarily shown in Figure 3.
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Figure 3: a) Phase distribution in the cross-section of the IRR with marked liquid
filling level AL and b) allocation of occurring phases in the IRR to certain fractions,
which are: gas: continuous gas phase of the stratified flow pattern, static liquid:
external liquid trapped between the catalyst, internal liquid: liquid inside the catalyst
pores, dynamic liquid: external flowing liquid, solid: skeletal aluminum structure of the
catalyst.

The measuring principle of the capacitance WMS is based on the logarithmic relation
between the output voltage I of the transimpedance amplifier of the WMS and the

permittivity of a sensing point according to

Viog = a - In(ex + €p) + b, (1)

where, a and b are geometry-related constants, & and e are the permittivities
accounting for fluid phases and solid packing, respectively. Recently, it was shown
that the permittivity e of a constant solid fraction can be neglected as the deviation is
less than 2% for the cross-sectionally averaged f. at stratified flow (Timaeus et al.,
2019b). Thus, the unknown constants a and b can be obtained via two reference
scans (flooded and drained fixed-bed). Accordingly, a linear dependence between £
and the measured permittivity emeas is assumed (Bierberle et al., 2010; Prasser et al.,
1998; da Silva et al., 2007) and 4. can be determined as
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PL = o0 (2)
where &. and & are the permittivies of gas and liquid phases, respectively. This way,
L i1s calculated for each crossing point exposed to the flow. Subsequently, average
liquid saturation and corresponding liquid filling level A. are determined from
7500 frames obtained for a measurement duration of 300 seconds with a frequency
of 25 Hz. Further details of the capacitance WMS and the data processing are
summarized in Timaeus et al. (2019b).

2.3 Porosity of the annular packed bed

The porosity of the annular packed bed near the walls can significantly deviate from
the bulk porosity (Sodré and Parise, 1998; du Toit, 2008). Accordingly, higher
interstitial phase velocities near the walls affect mass transfer and residence time
behavior of the IRR. Cheng and Hsu (Cheng and Hsu, 1986) proposed an
exponential approximation of the porosity in an annulus packed with spheres
according to

( r Rt +R
I£b<1+Cexp(—N 7 T)) forRy <r < T2 °
P

RO—T RT+RO
st 1+Cexp(—N @ ) for > <r <R,

e(r) = 3

where ris the radial coordinate, Rr is the inner tube radius, Ro is the reactor radius, &
is the bulk porosity of the packed bed and Cand N are fitting parameters. According
to (Vortmeyer and Schuster, 1983; Cheng and Hsu, 1986; Hunt and Tien, 1990), Cis

used to fulfill

e(r=Rp) =e(r=Rpy) =1. 4)

Furthermore, N describes the slope of the porosity in the vicinity of the walls and a
wide range for NV is reported in the literature (du Toit, 2008; Vortmeyer and Schuster,
1983; Cheng and Hsu 1986). For example, Cheng and Hsu (1986) applied N = 2,
while Hunt and Tien (1988) proposed N = 8. Sodre and Parise (1998) described a
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linear relation between particle-to-annulus diameter ratio and », however, non-linear
behavior is rather expected at wider parameter range. Thus, N for the IRR is derived
from the porosity profile obtained via gamma-ray computed tomography (CT) with a
collimated ¥’Cs source (662 keV gamma-photon energy). Details about the non-
invasive gamma-ray imaging and corresponding data processing can be found at
Bieberle et al. (2010). The tomographic experiments were conducted with annular
packed beds of 0.3 m length for the configurations listed in Table 1 (see Section 2.1).
Exemplarily, the cross-sectional distribution of the normalized attenuation coefficients

Acr of Configuration A is shown in Figure 4a.

a) b)
< reactor wall
(polyvinyl chloride) 0.8

v

inner tube wall
(stainlees steel)

v

0.6

Aa,CT (')

~|
- center of reactor 0.4 | particles in

< . without | annular gap

inert zone particles .

(air) 0.2

2 annular gap
(particles) 0O 02 04 06 08 1 12
10 rRy" (-)

Figure 4: a) Cross-sectional distribution of the normalized attenuation coefficients Acr
of the IRR (Configuration A) and b) corresponding radial profiles of the azimuthally
averaged Aacr with and without packed bed (the latter profile is utilized to locate the
position of the packed bed).

Additionally, measurements without particles were carried out to detect the exact
positions of the annuli. Here, the local maxima define the centers of the inner and
outer tube walls. The radial profiles of the two associated normalized attenuation-
coefficients Aacr for Configuration A are shown in Figure 4b. To assign densities to
the attenuation coefficients, the total weight of the packing was considered and a

least square optimization was performed according to

2

mpin (jff A, cr(r)prdrdedz — mbed> ) (5)

9
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where, p is the fitted density and mmed is the mass of the annular packed bed. The

porosity of the packed bed is defined as

e(r) = P2~ Poea® (6)

Pp — Pg
where pp, med and pc are the densities of particles, packed bed and gaseous phase.
Eventually, the bulk porosity & is obtained from the radial porosity profile, which
enables the determination of the parameter N by a least square fit. In Figure 5a the
porosity distribution of Configuration A obtained by the procedure described above is

exemplarily shown.

. |
l > gamma-ray CT 0 | m Configuration A
0.9 ]
| ——Egq. 3, based on gamma-ray CT u Configuration B
08 | Vortmeyer and Schuster, 1983 4} Configuration C
—— Sodré and Parise, 1997 15
07 H Cheng and Hsu, 1986 e
— o
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~ o
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05 |
_ 5
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gy L — o L m. BN
0.5 0.6 0.7 0.8 0.9 1 Vortmeyer and  Sodré and Cheng and
-1 Schuster Parise Hsu
rRy" (-)

Figure 5: a) Porosity profile of Configuration A (Dr =5 cm, a4 = 4.5 mm) obtained
tomographically and predicted with Eq. 3 for various N proposed in the literature and
b) deviations between measured and predicted average porosities.

Additionally, predictions for the porosity profiles using Eq. 2 are shown for N fitted to
the experimental data and proposed in the literature. Figure 5b shows the deviations
de between the various predictions for the average porosity and the experimental
value. The determined parameters for each configuration of the IRR are summarized
in Table 2. The shown attenuation coefficients and the porosity data are available in

RODARE: 10.14278/rodare.204 [dataset] (Timaeus et al., 2019).
10
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Table 2: Porosity data and determined parameters of the exponential approximations
based on gamma-ray CT scans.

Configuration &ve (Mv3 MR3) & (mv2 mr3) Cc(-) N(-)
A 0.392 0.362 1.76 8.02
B 0.375 0.352 1.84 5.99
C 0.380 0.359 1.78 8.37
3 Results

The hydrodynamic characterization of the new IRR design comprises phase
distribution, liquid filling level and specific pressure drop. The operating conditions
are chosen to adjust the stratified flow, ensuring the beneficial wetting intermittency.
Here, low to moderate rotational velocities are of particular interest as observed by
Harting et al. in reaction studies with the first generation design of the IRR (Harting et
al., 2015). Initially, the cross-sectional phase distribution in the IRR is visualized for
each operating point to identify the flow regime using the WMS sensor 3b. Figure 6
summarizes the patterns for different rotational velocities and inclination angles for

Configuration A.

11
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Figure 6: Cross-sectional saturation distribution for Configuration A (Dr=5cm,
dr=45mm) at u.=0.01 ms?, u=0.05ms? and different rotational velocities n
and inclination angles a. Gravity vector g and gas-liquid interface of the stratified flow
patterns (dashed line) are also shown.

The liquid filling level AL, i.e. height of the gas-liquid interface position for the stratified
flow patterns, is determined according to the procedure explained in Section 2.2
(highlighted with a horizontal dashed red line). The gravity vector indicates the

bottommost position of the reactor cross-section.

12



270
271
272
273
274
275
276

277

278
279
280
281
282
283
284
285
286

287

288

289
290
291

At low inclination angles (o= 15° and 30°) and high rotational velocities (= 10 rpm)
the flow stratification vanishes. Here, the effects of the centrifugal force excel the
gravitational force counterparts and the operating conditions result in liquid filling
levels, which are beyond the beneficial IRR process window. Below, the effects of
superficial phase velocities, inclination angle, rotational velocity, particle size and
inner tube diameter on normalized liquid filling level (AL = AL/ Do) and specific

pressure drop are discussed in detail.

3.1 Effects of superficial liquid velocity and inclination angle

Figure 7a shows H. as function of the superficial liquid velocity u. for inclination
angles between 15° to 75° at a rotational velocity of 1 rpm for a superficial gas
velocity of 0.05 m s. The beneficial hydrodynamic process window is defined by
inner tube and reactor diameters (Dr and Do), which set minimum and maximum
normalized liquid filling levels (ALmin and Himax), €nabling a wetting intermittency for
the whole fixed-bed. For Configurations A and B, Aimin and Himax are 0.25 and 0.75,

respectively (indicated by the shaded area in Figure 7a). Additionally, the
corresponding specific pressure drop Ap L is shown in Figure 7b.
1.0 ®75° mW60° 045° A30° +15° F
+
. \
0.8 | * e \L
. o - L}
:"- TE 6 0 L [
' 0.6 -
£ Q o . 'ﬁ# ﬁ
£ ¢ <
;; 0.4 | K e v
® o o ©
02 | * ﬂ
a) b) +«
0.0 L 1 0.0 1 |
0 0.01 0.02 0.03 0 0.01 0.02 0.03
u, (ms™) u, (ms™)

Figure 7: a) Normalized liquid filling level A. and (b) specific pressure drop Ap L?
depending on superficial liquid velocity u. and inclination angle a (n=1rpm,
uc=0.05ms?, Dr=5cm, da=45mm). The shaded area indicates the
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hydrodynamic process window for the IRR (same notation is used in the figures
below).

Logically, H. increases with increasing superficial liquid velocity regardless of the
inclination angle. The same trend is obtained for the specific pressure drop. Here,
higher solid-fluid phase interactions occur at higher superficial liquid velocities due to
less accessible cross-section per fluid phase. Considering the stratified flow patterns,
the specific pressure drop is most sensitive to the liquid load at inclination angles of

75°, where H.reaches the highest values.

H. also increases with increasing inclination angle due to the lower downhill driving
force. This increases the residence time of the liquid. The effect of the inclination
angle on AL decreases with lower inclination angles. Contrary, the specific pressure
drop decreases with increasing inclination angles. Here, the gas-liquid interactions
reduce with more pronounced phase stratification. In particular, a strong increase of
the specific pressure drop occurs from 30° to 15°, which can be explained by the

transition from stratified to sickle flow as illustrated in Figure 7b.

For the highest superficial liquid velocity of 0.02 m s at an inclination angle of 75° H.
exceeds the inner tube. Thus, parts of the catalyst packing are excluded from the
advantageous wetting intermittency and rotate permanently within the liquid phase

without access to the gas phase.

The results reveal that the selection of inclination angle and superficial liquid velocity
enables an arbitrary adjustment of the gas-liquid interface position to tune the
duration of the catalyst immersion per reactor rotation, also referred to as ‘split’ in
periodically operated trickle-bed reactors. From a reaction engineering point of view,
H. can be adjusted to ALmin tOo iNncrease the gas-solid mass transfer for reaction
systems with excess of liquid educt. At the same time, the residence time of the liquid
phase is decreased, which leads to a trade-off between high residence time and
beneficial mass transfer conditions. Contrary, if liquid educt depletion occurs AL can

be increased accordingly.

14
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3.2 Effect of rotational velocity

The immersion and draining durations of the catalysts are adjusted by the rotational
velocity. Here, a range between 0.4 rpm and 10 rpm was investigated. Figure 8
shows AL and Ap L' as a function of the rotational velocity at superficial liquid and

gas velocity of 0.01 m s* 0.05 m s, respectively, for Configuration A.

0.8 ®75° WB0° 045° A30° #15°
+
a) b) *
75 - +
—~ 0.6 i
- 5
= 9
T 04 S,
R R o . o ¢
0.2 A L 0 1 |
0.1 1 10 100 0.1 1 10 100
n(rpm) n(rpm)

Figure 8: Effect of the rotational velocity on a) liquid filling level AL (only data for
stratified flow are shown) and b) specific pressure drop Ap L* for different inclination

angles (uc =0.05m s, . =0.01 ms?, Dr=5cm, a0 = 4.5 mm).

H. slightly increases with increasing rotational velocity as a consequence of higher
liquid residence time at higher rotational velocities. Here, increasing transversal
forces act against the bulk flow. However, the effect of the rotational velocity is low

compared to the effects of inclination angle and superficial liquid velocity.

The same trend is observed for the specific pressure drop as long as stratified flow is
present. The transition from stratified to dispersed flow at an inclination angle of 15°
results in a large increase of the specific pressure drop due to significantly higher

interactions between the fluid phases.

At a rotational velocity of 0.4 rpm and an inclination angle of 30° AL is below the inner
tube, thus, parts of the catalyst packing are excluded from the wetting intermittency
15
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and rotate permanently within the gas phase without access to the liquid bulk phase.

Such operating conditions cause severe liquid educt depletion.

3.3 Effect of superficial gas velocity

The superficial gas velocity is crucial for the gas-solid mass transfer in the drained
sections of the catalyst packings. In Figure 9, A. and Ap L are shown as a function
of the superficial gas velocity ranging from 0.05ms? to 0.15ms?, for

Configuration A.

06 ®75° W60° 045° A30° #15°
o+
a) b)
*
—_ < +
- +
« * :
o
204 | 6.0 -
13 ¢ =
= ~3
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A A o
O e} o
A o .
A A .
0.2 t 0.0 .
0 0.1 0.2 0 0.1 0.2
u; (m s™) u; (ms™)

Figure 9: a) Liquid filling level A. and b) specific pressure drop Ap L as a function of
the superficial gas velocity (Dr=5cm, db =4.5 mm, n=1rpm, w. = 0.01 m s%).

H. decreases with increasing superficial gas velocity for all cases. The higher shear
rate at the gas-liquid interface accelerates the liquid. This effect is very pronounced
at the highest inclination angle as a result of the high interstitial phase velocity
difference. Here, the axial bulk velocity of the liquid phase is comparably low as the
liquid height is built up, while the remaining area available for the gas phase
decreases, causing a higher interstitial gas velocity. Logically, the specific pressure
drop increases with higher superficial gas velocity due to increasing gas-solid and

gas-liquid interactions.
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At the same time, the phase distinction for the stratified flow patterns remains stable
without significant liquid entrainment towards the drained sections as shown in
Figure 10.

u; =0.05 ms u; =0.10 ms™ u;=0.15 ms’

A P

a=75°

Br

| Eraman i o I

a=60°

Figure 10: Effect of the superficial gas velocity on the gas-liquid distribution
(Dr=5cm, dr=4.5mm, n=1rpm, u. =0.01 m s?).

High superficial gas velocities in the IRR foster the gas-solid mass transfer, and in
turn, the reaction rate for gas-limited reactions. Following this, the superficial gas
velocity should be increased to reach saturation of the gaseous educts at the catalyst
surfaces as long as stratification is maintained. On the other hand the gas-solid
interactions should not exceed conditions at which particle pores start to dry out and

depletion of liquid educt leads to a limitation of the reaction rate.

3.4 Effects of particle size and inner tube diameter
In fixed-bed reactors the particle diameter is decisive for liquid saturation, pressure
drop and fluid-particle mass transfer. Thus, the effect of different spherical porous

alumina particles on the hydrodynamics of the IRR is analysed for the
17
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Configurations A and B. In Figure 11 4. and Ap L* are shown for different inclination

angles.
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Figure 11: Comparison of a) liquid filling level A and b) specific pressure drop Ap L
for Configurations A (dr = 4.5 mm) and B (ab = 2.5 mm) depending on the inclination
angle (n=1rpm, u. =0.01 ms?, uc=0.05ms?, Dr=5cm)

Under the same operating conditions A is significantly higher for Configuration B
compared to Configuration A regardless of the inclination angle. Here, the higher
specific surface area of Configuration B causes significant higher fluid-solid
interactions. Thus, the liquid velocity decreases and liquid accumulates. Moreover,
the average porosity of Configuration B is lower as a result of the lower bulk porosity
(see Table 2). Consequently, less void space is accessible for the fluids, which yields
a higher displacement of the liquid in Configuration B. Accordingly, the pressure drop

is significantly higher for Configuration B.

Furthermore, the cross-sectional gas-liquid patterns reveal a smaller process window
for Configuration B. A significant entrainment of liquid is already observed at an
inclination angle of a=60° and a rotational velocity of n=10 rpm for the small
particle packing, while distinct stratification is obtained at the same operating

conditions for the larger particles up to an inclination angle of a = 45°(Figure 12). The
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earlier transition to sickle and dispersed flow for Configuration B results from higher

fluid-solid interactions caused by the smaller particles as explained above.

Figure 12: Effect of the particle diameter (lower row: Configuration A with
ar = 4.5 mm, upper row: Configuration B with dr =2.5mm) on the gas-liquid
distribution (Dr=5cm, n=10 rpm, u. = 0.01 m s, uc = 0.05 m s?).

A basic design parameter of the IRR is the inner tube diameter Dr, which defines the
hydrodynamic process window. Obviously, the reduction of Dr narrows the
hydrodynamic process window. Nevertheless, for reactions or process conditions
with better performance at higher A (0.35 < AL <0.7), smaller inner tubes might be of
advantage since the absolute mass flow is higher (at same superficial fluid
velocities), i.e. lower investment costs compared to designs with larger inner tube
diameter. Figure 13 shows the effect of different inner tube diameters on A for

different inclination angles.
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Figure 13: Effect of the inner tube diameter (Configuration A: Dr=5cm,

Configuration C: Dr =3 cm) on a) normalized liquid filling level A. and b) specific
pressure drop Ap L' for different inclination angles (db=4.5mm, n=1rpm,
w. = 0.01 ms?, uc=0.05ms?). The shaded areas denote the hydrodynamic process
windows of Configuration A (bright grey) and C (dark grey), respectively.

Slightly smaller values for liquid filling level A. and specific pressure drop are
obtained for Configuration C with the smaller inner tube. The obtained differences are
caused by the slightly lower porosity of Configuration C due to the smaller wall effect
(see Table 2). The lower interstitial void space between the catalysts reduces the

liquid residence time and increases the accumulation of the liquid.

All datasets analyzed in this Section are available in RODARE: 10.14278/rodare.204
[dataset] (Timaeus et al., 2019).

4 Conclusions

In this work, the hydrodynamic process windows, i.e. essential stratified flow pattern
and range of the liquid filling level, and the specific pressure drop of an inclined
rotating fixed-bed reactor with inner tube were studied for different design
parameters. Besides, the wall effect of the additional inner tube on the porosity profile
was characterized via gamma-ray CT. A capacitance wire-mesh sensor was used to

visualize the liquid phase distribution in packings of porous alumina particles. Here,
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the liquid filling level for the stratified flow patterns was derived averaging the local

liquid saturations at the 176 crossing points.

Only minor effects of the rotational velocity were obtained at stratified flow conditions,
while superficial phase velocities and inclination angle were found to have crucial
effects. Arbitrary positions of the gas-liquid interface are adjustable in the IRR to
adapt the durations for the liquid-solid and gas-solid contact depending on the
prevailing mass transfer limitation of the reaction system. While the installation of a
smaller tube revealed no significant influence on the investigated hydrodynamic
parameters, smaller particle diameters were found to significantly increase the liquid

filling level and the specific pressure drop, respectively.

Reaction studies will be carried out in another study to quantify the intensification
potential of the inclined rotating fixed-bed reactor with inner tube for the located
process window. Additionally, the new hydrodynamic data obtained in this study will
further help to develop and validate a numerical model for a CFD-based reactor
design as a next step.
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Symbols used

a [-] geometry-related constant 1

A [m] normalized attenuation coefficient

b [-] geometry-related constant 2

C [] fitting parameter 1, porosity correlation

v [m] particle diameter

D [m] diameter

de  [-] deviation between experiment and correlation
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A [m]
7]

L [m]
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p [Pa]
ro[m]
R [m]
u  [ms]
v oV
z  [m]

Greek symbols
a [
B [m® m~]

Ap L1 [kPa m]

P [kg m~]
£ [-]

£ [mv mr3]
2 [l

Sub- and Superscripts

gravitational accelaration
filling level

normalized filling level
axial length of reactor
rotational velocity

fitting parameter 2, porosity correlation
pressure

radial coordinate

radius

superficial velocity
voltage

axial coordinate

inclination angle towards the gravity
reduced saturation

specific pressure drop

density

relative permittivity

porosity

azimuthal coordinate
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Abbreviations

CT

IRR

STY

TBR

WMS

azimuthal
average
bulk
packed bed with porous alumina spheres
gas

liquid
maximum
measured
minimum
outer tube
particle
reactor
inner tube
void

fluid contributors

gamma-ray computed tomography
inclined rotating fixed-bed reactor
space-time yield

trickle-bed reactor

wire-mesh sensor
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